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Introduction
The reduction of CO 2 emissions by industries is of utmost importance in an attempt to curb air pollution and global climate change. As of 2008, CO 2 concentrations in the atmosphere stood at 383.9 ppm (CDIAC 2007) , a 37% increase since the beginning of the industrial revolution of the late 18 th century. This is the likely cause of the acceleration of global warming and rapid climate change. CO 2 emitting industries include petroleum refineries, coal power plants, steelmaking and cement producing industries.
One solution to this problem is amine absorption. It is a CO 2 capture technique. It involves passing the flue gas emanating from various process industries through an absorber. An amine solvent is also passed through the absorber and is contacted with the flue gas. CO 2 is selectively absorbed into the solvent. One overriding issue however, is the choice of an applicable solvent that would provide a high absorption rate and absorption capacity.
There has been much research done in the application of single amines of different concentration. Another idea is to blend two or more amines in an attempt to ensure high absorption rate and absorption capacity. Primary amines such as MEA have high CO2 absorption rates but comparatively low absorption capacity and high corrosiveness. Tertiary amines such as MDEA have high absorption capacity but low absorption rate. Secondary amines vary in their performance, with absorption rate generally favoured over absorption capacity (IPCC (2005) ).
There has been much research into this idea in recent years. Although it is still an emerging technique, there is substantial data available for comparison. Mamun et al. (2006) A further minor study was done testing the performance of 50wt% DEA in H 2 O, at 393.15 K and at 1.5 MPa system pressure.
Experimental Method

Apparatus used
A static analytic apparatus was used to determine the solubility of CO 2 and N 2 for the systems mentioned. for which liquid solvent loading and CO 2 loading was used. Inside the equilibrium cell is a rotating axis holding a magnetic rod (MR) with two propellers (P) (one for liquid stirring and one for gas stirring). The magnetic rod and the propellers are rotated by a stirring assembly and driven by a stirring motor (SD).
VP
To control temperature and maintain system temperature, the cell is immersed in a Ultra-Kryomat Lauda constant temperature liquid bath (LB). The liquid that was used was silicone oil, which can be used as a heating medium for up to 553.15 K. Temperature is controlled to within 0.01 K.
Temperature is monitored using PT100 thermometer devices connected to an HP Data Acquisition unit (HP34970A). There are two thermometers in the cell measuring liquid and vapour phase temperature to check for thermal gradients and determine thermal equilibrium. The temperature of CO 2 gas is also monitored at its cylinder, to ensure constant temperature while loading. The same monitoring exists for H 2 S gas as well, but it is not used for this project. Calibration of the PT100 thermometers is done periodically against a 25Ω reference platinum resistance thermometer (Tinsley Precision Instruments). A second order calibration was achieved by Laboratoire National d'Essais Vapour and liquid sampling is done using ROLSI TM samplers (LS and VS). Sampling is controlled and monitored using a sample monitoring device (SM). Samples are analysed by a Gas Chromatograph (PERICHROM model PR-2100). The thermal conductivity detector is sufficient for the purpose of this project. A "Porapak R80/100 mesh" (1.2m x 2mm ID Silicosteel) column was used in the GC.
The HP data acquisition unit is connected to a personal computer through one RS-232 interface. The sample monitoring device and gas chromatograph is also connected to the personal computer.
WINILAB III software ver. 4 was used as the interface. Uncertainty in area determination and resultant composition measurement occurred due to manual integration of areas using the WINILAB III software. The uncertainty is estimated to be ±2% for both vapour and liquid samples.
The density of solvents was measured using an Anton Paar DMA 5000 density meter. Densities were measured over a range of 278.15-343.15 K (the upper and lower bounds of good performance of the measuring instrument). Thereafter, densities were extrapolated to 363.15 and 413.15 K (the temperature of the systems studied). Measurements for each solvent were done twice to ensure repeatability of measurements.
Gases and Chemicals Used
The N 2 gas used was purchased from Air Liquide. Impurities included CO 2 <1ppm v; CO < 1ppm v;
H 2 O <3ppm v; NO x < 0.1ppm v and CN HM <0.2ppm v. CO 2 was available 99+% purity.
MDEA at 99+% purity was available from ATOFINA Chemicals Inc., ALDRICH. DEA at 99% was available from SIGMA ALDRICH © . Distilled H 2 O was obtained using a Millipore Direct-Q TM 5 water filter. Ethanol, used for cleaning the apparatus was available at 99% purity from Vitlab.
The total amount of CO 2 charged into the cell was measured by pressure and density difference of the CO 2 tank under constant temperature conditions. The uncertainty is ±0.0001 MPa.
The solvents were prepared by combining weighted amounts of DEA, MDEA and H 2 O in a round bottom flask under vacuum. A Trivac D2-5E vacuum pump was used. 400g solvent mixtures were prepared each time.
Three solvents were prepared. Their exact composition in wt% is given in Table 1 , along with uncertainties in its synthesis: Solvent was charged into the cell for each system run using a Variable Volume Cell (VVCM)
attached to a displacement meter with an uncertainty of ±0.001mm. The volumes charged had an uncertainty of ±0.01 cm 3 .
Results and Discussion
Refer to Appendix A for sample calculation to get the results shown. Table 2 shows the data obtained using the static analytic apparatus shown in Figure 1 . The CO 2 liquid loading was calculated using equations and methods described in Appendix A.
For the purpose of this report, the performance of a solvent shall refer to the CO 2 liquid loading of the solvent in relation to its system conditions (ie. system pressure, system pressure and CO 2 partial pressure). One observation of Figures 2-5 is that the total system pressure has a substantial effect on the CO 2 loading in the solvent. In each case, both system pressures produced the same pattern of CO 2 loading in the solvent. However the CO 2 loading is more limited in the case of 5 bar system pressure. This is evident in the pattern of the data shown. The difference is not as significant as expected. Tripling the system pressure produced only minor variations in the data obtained.
This observation has no conclusions on the operation of this process on an industrial scale however, since this lack of effect of system pressure can be attributed to the fact that N 2 gas was used as the pressurising gas. N 2 gas is practically insoluble in MDEA, DEA and H 2 O. Another reason for the lack of difference in results due to total pressure, could be the relatively high rate of absorption of CO 2 and the high absorption capacity of the solvent. In systems of high temperature (System 2 and 4), a sharp decrease in equilibrium CO 2 loading is clearly shown as compared with System 1 and 3. This is expected as reactive absorption occurs and the absorption reaction is exothermic, for both secondary and tertiary reaction mechanisms. Any increase in temperature would favour desorption. The difference in results between system operating at 363.15 and 413.14 K is very wide. Even with literature comparison, as shown in Figure 6 and 7, solvents with lower concentration achieved better loading performance, because they were used at lower system temperatures. The conclusion is that flue gases with temperatures exceeding 393.15 K, need to be cooled before undergoing CO 2 capture by solvent absorption, in order to achieve greater efficiency. Another consequence of high temperature is that the H 2 O in the solvent mixture get evaporated and entrained at high temperatures. This is evident by comparing compositions at different temperatures of Table B1 -1 to B4-1 in Appendix B.
From Figure 8 , it can be observed that a solvent having 25wt% MDEA and 25wt% DEA (system 1 and 2) yielded higher CO 2 loading than the solvent with 30wt% MDEA and 20wt% DEA (system 3 and 4). This is true when the experiment was done at system temperatures of 363.15 and 413.14 K.
This result is somewhat unexpected since a higher amount of MDEA, a tertiary amine, is expected to provide a relatively higher absorption capacity than a solvent having high secondary and primary amine composition.
The result obtained could be due to the very low absorption rate of MDEA. Each system took typically 12 hours to reach equilibrium, during which small changes in system pressure were observed. Thereafter only minuscule changes of system pressure are observed, indicating a very low rate of CO 2 absorption. The reason for the low absorption rate of CO 2 in MDEA, is because of the reaction mechanism that proceeds. With secondary amines such as DEA, CO 2 reacts directly with the amine (reaction 5 as described above), but with tertiary amines CO 2 undergoes a hydroxide reaction before reacting with the amine (reaction 7 and 8).
Three measurements were done using 50wt% DEA (System 5). This was done as a secondary check up for comparing such a solvent with similar solvents studied in the literature. Figure 7 shows the comparison. The data shows that system 5 has better performance than the literature data of 50wt%
MDEA and 20wt% MDEA-10wt% DEA. However, the performance is not as good as the amine blends of System 1 to 4. This proves that while high quantities of MDEA are not recommended, a balance or low amount of MDEA does significantly increase CO 2 liquid loading capacity.
The data for System 5 shows a better performance of 50wt% DEA solvent when compared to the data of Murrieta-Guivara et al. (1998) and Gabrielsen et al. (2005) at the temperature of 393.15 K. This is evident in figure 7 . By experimentation, it has been successfully proven that a solvent of 50wt% DEA produces better performance than blends which include MDEA, at the same temperature. The superior performance recorded by Sulaiman et al. (1998) were probably due to the decreased temperature.
All systems measured show either similar or better performance than that recorded by MurrietaGuivara et al. (1998) and Gabrielsen et al. (2005) . This is true even though some systems were measured at 413.15 K, higher than the temperature of literature measurements. This proves a significant increase in performance when higher amine concentrations are used in the solvent. It also further emphasises the benefit of blending tertiary amines such as MDEA to produce a solvent that is high in concentration and has low corrosiveness.
It is expected that system 1 and 3 have better loading performance as the temperature was lower.
There is a blatant increase in performance. The recommendation is hence to cool the flue gas before applying solvent absorption in industrial applications. Knudsen et al. (2008) shows a pilot plant in Austria operating with a flue gas of 320.15 K, a low temperature which is expected to provide excellent efficiency and solvent performance. System 2 showed better performance than the literature data despite the higher temperature of 413.15 K. This clearly indicates the superiority of the solvent used in system 2 (25wt% MDEA-25wt% DEA -25wt% H 2 O) over the solvents studied by MurrietaGuivara et al. (1998) and Gabrielsen et al. (2005) . This is evident in Figure 6 . Another observation worth noting is that depicted in Appendix C. The partition coefficients do not show much consistency with changes in solvent, system pressure and system temperature. This is possibly due to the complex reaction mechanism involved between CO 2 and both amines. SidiBoumedine et al. (2004) provided liquid and vapour mole fraction results for their study of 25.73wt%
MDEA solvent at 313.13 K, with system pressures ranging from 0.5 to 4.3 MPa. The study found that Partition coefficient decreases with CO 2 liquid loading. While Figure C2 and C3 agree with this trend, Figure C1 and C4 do not. The discrepancy could be related to the fact that this study concerns blends of MDEA and DEA at conditions that are very different to Boumedine et al. (2004) , and the presence of nitrogen in this study.
Conclusions
 Two solvents, one containing 25wt% MDEA-25wt% DEA and the other containing 30wt%
MDEA-20wt% DEA were studied under system temperatures of 363.15 and 413.14 K and under system pressure of 0.5 MPa and 1.5 MPa. CO 2 liquid loadings for different CO 2 partial pressures were investigated and compared.
 CO 2 loading decreases substantially with increasing temperature. Industrially, flue gas will have to be cooled to at least below 393.15 K in order for efficient CO 2 capture to occur. System temperature is a very great influence on solvent performance, sometimes enabling lower amine concentrations to achieve higher CO 2 loading performance.
 System pressure affects CO 2 liquid loading but to a lesser degree than temperature. However, CO 2 partial pressure affects liquid loading greatly. The higher the CO 2 partial pressure, the higher the CO 2 loading.
 Between the two amine blends studied, 25wt%MDEA -25wt%DEA resulted in higher CO 2 loadings for each CO 2 partial pressure. This was true for both temperatures: 363.15 and 413.14 K.
This solvent also produced higher CO 2 liquid loadings than those studied in the literature. This confirms that higher concentrations of DEA are recommended for CO 2 absorption. This is expected as it is what the reaction mechanism suggests.
 The inclusion of MDEA is beneficial however, as MDEA increases the absorption capacity of the solvent. This is evident when comparing CO 2 loading in System 1 and 2 with System 5.
 The amine blend of 25wt% MDEA -25wt% DEA also showed better performance in comparison with the literature, sometimes despite a lower temperature. Comparison with other literature sources studied in this paper however, confirms that lower temperature can certainly allow for lower amine concentrations in the solvent.
 The data varies substantially in some cases with literature. It was also found that the different literature sources vary widely with each other. A broader, more standardised programme of measurement is needed for MDEA-DEA blends, using a common flue gas composition and a common apparatus.  Sidi-Boumedine R, Horstmann S., Fisher K., Provost E., Fürst W. and Gmehling J. (2004) "Experimental determination of carbon dioxide solubility data in aqueous alkanolamine solutions", Fluid Phase Equilibria, Vol., pg. 218, 85-94. n total = n MDEA + n DEA + n H2O n amine = n MDEA + n DEA
The amount of CO 2 charged into the cell was controlled by pressure difference under constant temperature. The CO 2 tank was used according to pressure difference.
Initial CO 2 Pressure in tank (P CO2 1 ) was measured using pressure transducer, at constant temperature T CO2 . Final CO 2 Pressure in tank (P CO2 2 ) after charging was also measured.
ρ CO2 1 of CO 2 in tank before charging was obtained using ALLPROPS. (Taken at P CO2 1 , T CO2 ) ρ CO2 2 of CO 2 in tank after charging was obtained using ALLPROPS (Taken at P CO2 2 , T CO2 )
The total volume of the CO 2 tank (V CO2 ) was 101.692 x10 -6 m 3 Thus moles taken from the CO 2 tank and loaded into the cell n CO2 = ∆ρ CO2
For CO 2, the molar balance is as follows:
In the vapor phase, the mole number of CO 2 is calculated considering the vapor phase composition. University of Idaho, Moscow) was used to obtain molar volumes at the system temperature system pressure. NB.: In each case y MDEA and y DEA is negligible due to system temperature being significantly lower than solvent boiling point temperature. 
